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Abstract 
Most research on the hydrodynamics and solids mixing of swirling fluidized beds has 

targeted applications relate to drying and combustion processes, with large mean particle 

diameters. A potential use of such reactors is in the area of catalyst regeneration to improve 

mixing. In the present study, the hydrodynamics and solids mixing behaviour of swirling 

fluidized beds were investigated for particles in Groups A and B of the Geldart classification. 

Three distributors were designed and fabricated in-house. They shared the same 

specifications, but differed in the orifice inclination angle (30°, 45° and 90° to the 

horizontal).  

 

The effect of orifice angle on the hydrodynamics of a fluidized bed of glass beads was 

investigated. The study showed that, in an empty bed, the distributor pressure drop was 

lower for the inclined-hole distributors compared to the 90°-hole distributor by a factor of 

10%. In addition, bed pressure drop increased with the inclined-hole distributors as well with  

static bed height. Bed expansion was also investigated and found that in a shallow bed, the 

inclined-hole distributor led to less expansion compared to the 90°-hole distributor. However,  

in a deep bed, the orifice angle had negligible influence on bed expansion. The minimum 

fluidization velocity was found to change with static bed height for the inclined-hole 

distributors, and it was also higher for steeper angles.  

 

Solids mixing was also explored, axial mixing for the 90°-hole distributor and tangential  

mixing for all three distributors. Residence time distribution studies were conducted using  

phosphorescent tracer particles belonging to Group A, activated by ultraviolet light. The  

turnover time was estimated using the bubbling bed model and found to match the 

experimental results well. It was found that the probes installed at the walls of the 

fluidization column reduced the dense phase downward velocity. The tangential particle  

velocity was also estimated and was found to be highest for the 30°-hole distributor,  

decreasing with increasing orifice angle. A dispersion model was used to describe tangential 

mixing for all three distributors which showed that the dispersion coefficient for the inclined-

hole distributors was twice that for the 90°-hole in a shallow bed. 
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Lay Summary 
 

This work is intended to gain better understanding of the hydrodynamics and solids mixing in 

a fluidized bed reactor with swirling gas flow. Swirling gas flow was achieved by fabricating 

two distributors with inclined holes, with the results compared with one distributor with 

vertical holes. The effect of the inclination angle on several hydrodynamic properties of the 

fluidized bed was then investigated. The hydrodynamic properties included bed pressure drop 

in an empty reactor, bed pressure drop in a reactor filled with glass beads, bed pressure drop 

fluctuations and minimum fluidization velocity. The solids mixing was also investigated using 

phosphorescent particles that emit light when activated. The vertical solids mixing was 

described in terms of the turnover time, defined as the time required to turn the particles of the 

bed over once. The tangential solids mixing was described by adopting a one-dimensional 

dispersion model. 
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Chapter 1: Introduction 

 
Fluidization is a process in which solid particles are suspended in a fluid-like form subject to 

several forces acting on them. These forces include gravity, buoyancy and drag. Particles are 

grouped according to their mean particle size and density in a classification proposed by  

Geldart (1973) who classified these particles into four different groups (A, B, C and D) for 

particle densities of typical particles under room temperatures and pressure. Group A 

(Aeratable) has an average particle size of ~30-100 microns. Group B (Bubbling) has an 

average particle size of ~100-1000 microns, whereas Group C (Cohesive) has an average  

particle size of less than ~30 microns and Group D (Spoutable) has an average particle size of 

more than ~1000 microns. 

 

Fluidized bed reactors can have many configurations, depending on the process being 

applied. There is the circulating fluidized bed reactor in which solids mixing is improved by 

circulating the solids back to the bottom of the reactor after passing through a riser. Such 

processes usually operate at high superficial gas velocity in the fast fluidization flow regime.  

It is also considered to be a type of reactor with good fluid to particle heat and mass transfer. 

 

In the configuration of the annular fluidized bed, particles are fluidized between concentric 

outer and inner columns. This type of reactor can combine the benefits of conventional  

fluidized beds (long residence time) and the circulating fluidized bed (good heat and mass 

transfer) (Collin et al., 2009). 

 

1.1 Swirling fluidized bed 

Another interesting type of fluidized beds is the swirling fluidized bed, where the fluidizing 

gas is introduced at an inclined angle at the distributor so that there is a tangential  

component, and the gas swirls inside the fluidization zone. The gas flow can then be divided 

into two components, a vertical component, that is responsible for supporting the particles  
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weight-minus-buoyancy, and a horizontal component that induces swirling motion 

(Sreenivasan et al., 2002). Such reactors typically have a central cone or cylinder that limits  

the utilization of volume inside the reactor. It is like the annular fluidized bed except for the 

distributor design in which there can be inclined holes or an annular spiral distributor or any 

other type with an angle other than 90° to the horizontal axis. Some applications of swirling 

fluidized beds include drying and combustion processes using Geldart type D particles 

(Mohideen et al., 2012). 

 

In a swirling fluidized bed, the bed height is an important factor in determining the bed 

behaviour. A shallow bed usually swirls as a single mass, whereas a deep bed behaves  

differently. As the bed height increases, two layers of fluidization occur; a bottom layer that 

is swirling and a top layer that is bubbling (Kaewklum et al., 2009). 

 

A swirling fluidized bed has some advantages over conventional fluidized beds in which 

there is no swirl. In a swirling bed, due to the inclined angle of gas injection, the process can 

operate at higher superficial velocity with less elutriation compared to a conventional bed. 

This is due to the gas injection angle that reduces the vertical component of the gas flow 

compared to a conventional fluidized bed in which all entering gas flows vertically. The 

centrifugal force also pushes particles to the outer wall of the column, where the upward 

gas velocity is lower (Sreenivasan et al., 2002). A disadvantage of the swirling bed is that 

with increasing air velocity, the swirling affects the particle movement where the particles 

migrate from the centre to the outer wall. This may create an empty space adjacent to the 

inner wall of the column in which gas bypassing can occur.  

 

An application that could benefit from the swirling fluidized bed is the decoupled adsorption-

reduction selective catalytic reduction (SCR) process for Nitrogen Oxides (NOx). In this 

process, the flue gas enters the reactor in one region, while the reductant gas enters in an  

adjacent region in such a way that catalyst particles flow tangentially from an area of 

adsorption to an area of reduction. An issue found in this application (Yang, 2009) is that  
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the reactor performance was limited by the catalyst adsorption capacity since the overall 

NOx conversion increased with decreasing gas velocity in the annulus. Therefore, to improve  

the catalyst performance, a low gas velocity in the region for adsorption (increasing the 

catalyst residence time) could be used (Yang, 2009).  

 

1.2 Research objectives 

Most previous research on swirling fluidized bed reactors did not use Group A/B particles 

that are common in catalytic reaction applications. My research on swirling fluidized beds  

with Group A/B particles focused on investigating the impact of introducing gas flow at an 

angle at the distributor on the overall residence time and mixing of the particles in the 

reactor. Specifically, how would changing the inclination angle of orifices in the distributor 

affect the pressure drop across the distributor and over the bed, the minimum fluidization 

velocity, the tangential and vertical mixing of particles and the bed expansion?  

 

1.3 Thesis layout 

A literature review is presented in Chapter 2 summarizing previous research on the 

hydrodynamics of swirling fluidized bed, which includes the effects of inclined orifice angle, 

static bed height and mean particle size on the hydrodynamic behaviour. It also reviews  

measurement techniques used to determine minimum fluidization velocity, bed expansion 

and particle residence time. Chapter 3 presents the experimental design, including the 

distributor design and fabrication, and the instruments used to determine the pressure, 

residence time and bed height. In addition, the particulate materials used and their properties  

such as the particle size distribution and bulk density are presented. Chapter 4 reports the 

results obtained from the hydrodynamics study and discussions, while the results from the  

solids mixing study are given in Chapter 5. Overall conclusions, as well as recommendations 

for future work, are presented in Chapter 6. 
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Chapter 2: Literature Review 

 
There has been limited research on the hydrodynamics and solids mixing of swirling fluidized 

beds. In this chapter, a detailed review of previous work on swirling bed hydrodynamics is 

presented. Also, techniques for determining solids residence time distributions in fluidized 

beds that could be useful when applied to a swirling bed are summarized.  

 

2.1 Distributor design 

The design of the gas distributor is very important for fluidized beds. Karri (2003) 

summarized the purposes of gas distributors as follows: 

• Induce fluidization over the bed. 

• Prevent dead areas in the bed where no fluidization occurs. 

• Increase operation time without plugging. 

• Minimize weepage of particles into the windbox. 

• Minimize attrition of bed materials. 

• Support the bed weight both during operation and during shutdowns. 

 

Advantages and disadvantages of several different geometries of distributors are summarized 

in Table 2-1. 
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 Table 2-1 Advantages and disadvantages of different types of distributor (Karri, 2003) 

Types of Grids Advantages Disadvantages 

Perforated Plates  

 

1. Easy to make. 

2. Cheap. 

3. Easy to change and 

modify hole size. 

4. Easy to scale. 

5. Easy to clean. 

1. Weepage. 

2. Thermal distortion. 

Bubble Caps and Nozzles 

 

1. Less weepage. 

2. Good turndown. 

3. Internals support. 

1. Expensive. 

2. May have stagnant 

regions. 

3. Hard to clean. 

4. Hard to modify. 

Spargers 

 

1. Minimum weeping. 

2. Good turndown. 

3. Low pressure drop. 

4. Good internals support. 

5. Can withstand thermal 

expansion. 

1. Solids defluidization 

under the grid. 

Conical Grids 

 

1. Promote solids mixing. 

2. Prevent stagnant zones. 

3. Minimize segregation 

of particles. 

1. Difficult to fabricate. 

2. Difficult to design. 

3. High pressure drop. 

Pierced Sheet Grids 

 

1. Promote solids mixing. 

2. Prevent stagnant zones. 

3. Good for solids 

discharge. 

4. Prevent weeping. 

1. Difficult to fabricate. 

2. Small holes size only. 

3. Requires more support 

underneath to support 

bed materials. 
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Gas Distributor and Plenum Design in Fluidized Beds

S. B. Reddy Karri

Particulate Solid Research, Inc., Chicago, Illinois, U.S.A.

Joachim Werther

Technical University Hamburg-Harburg, Hamburg, Germany

1 INTRODUCTION

The gas distributor (also called a grid) in a fluidized
bed reactor is intended to induce a uniform and stable
fluidization across the entire bed cross section, prevent
nonfluidized regions on the grid, operate for long per-
iods (years) without plugging or breaking, minimize
weepage of solids into the plenum beneath the grid,
minimize attrition of the bed material, and support
the weight of the bed material during startup and shut-
down. In practice, grids have taken a variety of forms,
a few of which are discussed in subsequent pages.
Whatever the physical form, all are fundamentally
classifiable in terms of the direction of gas entry:
upward, laterally, or downward. The choice depends
on prevailing process conditions, mechanical feasibil-
ity, and cost. In the past, grid design has been more of
an art than a science. However, more recent studies
now allow grid design based on scientific principles.

2 TYPES OF GRIDS

2.1 Perforated Plates (Upwardly Directed Flow)

Main Advantages

Simple fabrication; most common; inexpensive; easy to
modify hole size; easy to scale up or down; easy to

clean can be flat, concave, convex, or double dished;
ports are easily shrouded.

Possible Disadvantages

Bed weepage to plenum; can be subject to buckling or
thermal distortion; requires peripheral seal to vessel
shell; requires support over long spans; high pressure
drop required if weepage during operation is to be
minimized

2.2 Bubble Caps and Nozzles (Laterally Directed
Flow)

Main Advantages

Depending on the design, weeping is reduced or totally
avoided; good turndown ratio; can incorporate caps as
stiffening members; can support internals.

Copyright © 2003 by Taylor & Francis Group LLC

Possible Disadvantages

Expensive; difficult to avoid stagnant regions; more
subject to immediate bubble merger; difficult to
clean; difficult to modify; not advisable for sticky
solids; requires peripheral seal; ports not easily
shrouded.

Details of some nozzles that are currently used in
circulating fluidized beds (CFB) combustors are shown
in Fig. 1 (VGB, 1994). There are significant differences
between bubble caps (No. 7 in Fig. 1) and nozzles (No.
1 in Fig. 1) with respect to the prevention of solids
back flow: in the case of nozzles, the high velocity of
the gas jet prevents the solids from flowing back into
the wind box. On the other hand, in the case of the
bubble cap design, the gas flowing out of the bubble
cap into the bed has a rather low velocity. In this case,
the backflow of solids is avoided by letting the gas flow
downward from the holes in the inner tube to the lower

edge of the cap. The separation distance sbc is respon-
sible for the sealing effect of the bubble cap.

2.3 Sparger (Laterally or Downwardly Directed
Flow)

Main Advantages

Can minimize weeping; good turndown ratio; low pres-
sure drop; can support internals; can undergo thermal
expansion without damage; ports are easily shrouded;
well suited to multilevel fluid injection; solids can flow
from above the grid to below.

Possible Disadvantages

Defluidized solids beneath the grid; can be a less
forgiving mechanical design.

Figure 1 Distributors and nozzles used in large circulating fluidized bed combustors. (After VGB, 1994.)
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Possible Disadvantages
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between bubble caps (No. 7 in Fig. 1) and nozzles (No.
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2.4 Conical Grids (Laterally Directed Flow)

Main Advantages

Promotes solid mixing; prevents stagnant solids
buildup; minimizes solids segregation. Facilitates the
easy discharge of solids.

Possible Disadvantages

Difficult to construct; requires careful design to ensure
good gas distribution; requires high pressure drop for
good gas distribution.

2.5 Pierced Sheet Grids (Laterally Directed Flow)

Produced by punching holes in a relatively thin plate.
Holes are of a semielliptical shape with slanting,
strongly conical openings in the direction of entry. It
is primarily used in fluid bed drying applications.
Holes can be oriented in such a way to promote certain
mixing patterns or drive the solids toward discharge
nozzle.

Main Advantages

Promotes solid mixing; prevents stagnant solids
buildup. Facilitates discharge of most of the solids.
The holes are angled so that the grids can be non-
weeping for coarse solids.

Possible Disadvantages

Difficult to construct, facilitates only small hole sizes,
requires reinforcement underneath the sheet to support
the bed.

Among the foregoing advantages and limitations,
the designer must select those most pertinent or critical
to the process application. There are, for example,
instances in which solids below the grid level are toler-
able, where grid thermal expansion is significant,
where bed solids are very friable, where pressure
drop, and therefore the cost of compressive horse-
power, is critical, where solids are ‘‘sticky’’ and must
be kept in motion throughout, where internal impellers
or stirrers must be provided, or where grids are
expected to have a short life due to corrosion. These
and many other specifics have dictated a host of design
variations, some of which are illustrated below. It
should be emphasized that each application requires
thoughtful engineering consideration before final
design selection.

3 GRID DESIGN CRITERIA

3.1 Jet Penetration

Gas flowing from the grid holes can take the form of
either a series of bubbles or a permanent jet, depending
on system parameters and operating conditions.
However, a permanent jet prevails for most industrial
conditions. Jet penetration is one of the most impor-
tant design parameters since it helps in

1. Determining how far to keep the bed internals,
such as feed nozzles, heat exchanger tubes, etc.,
away from the grid to minimize erosion of
internals.

2. Deciding on grid design parameters such as
hole size and the gas jet velocity required to
achieve a certain jetting region.

3. Minimizing or maximizing particle attrition at
grids.

Knowlton and Hirsan (1980) reported that the jet
penetration for upwardly directed jets fluctuated
greatly. Karri (1990) noted that jet penetration can
vary as much as 30% for upwardly directed jets.
However, the jet emanating from a downwardly direc-
ted grid hole is stable, and its penetration length does
not significantly fluctuate with time. Figure 2 indicates
jet penetration configurations for jets oriented
upwardly, horizontally, and downwardly. According
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Different distributor designs can be used in a swirling fluidized bed. Ouyang et al. (1986) 

proposed a new design of distributor called the spiral distributor and evaluated its 

performance in comparison to the sintered-plate distributor. The spiral distributor was made 

of overlapping plates with variable gaps inbetween. The gap length was highest at the wall 

and zero at the centre. This way, an angle was formed that caused the gas to swirl as it 

entered the bed. 

 

Other interesting types have inclined blades in three rows and a perforated plate with inclined 

holes. Kumar et al. (2011) studied the dynamic behaviour of these types of distributors in terms 

of the variation of bed pressure drop with varying air velocity.  

  

2.2 Flow regimes in a swirling fluidized bed 

Several researchers studied the flow regimes in swirling fluidized beds (Sreenivasan et al. 

2002, Kaewklum et al. 2009, 2010). Their studies identified four distinct regimes of 

operation. With increasing gas velocity, the first regime is the bubbling regime which starts  

when the first bubbles appear in the bed. With increasing superficial velocity, the bed 

becomes wavelike, with dunes forming on the surface; within this flow regime, localized  

swirling occurs randomly in the bed. It is sometime also called a slugging regime. The third 

regime is the two-layer fluidization that can be seen only in deep beds with bed height 

exceeding 45 mm, according to Sreenivasan et al. (2002). In this case, two distinct layers are 

visible, a bottom swirling layer and a top bubbling layer. The fourth flow regime is stable 

swirling; in this regime, the bed behaves as a rotating fluid with the bed height varying in the 

radial direction (higher near the outer wall and lower near the inner wall or centre). 

 

2.3 Effect of orifice angle on distributor pressure drop 

Ouyang et al. (1986) plotted the pressure drop across the distributor against the superficial 

gas velocity for spiral and sintered plate distributors. They found that the pressure drop for 

the spiral distributor was 1 to 2 orders of magnitude smaller than for the sintered plate.  
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Kumar et al. (2011) also studied the variation of distributor pressure drop with superficial gas 

velocity for spiral distributors, inclined blades in three rows and perforated plates with  

inclined holes. They found that the pressure drop was highest for the perforated plate with 

inclined holes due to its high thickness and low open area ratio. 

 

2.4 Effect of orifice angle on bed pressure drop and minimum fluidization velocity 

Sreenivasan et al. (2002) studied the performance of a spiral distributor in terms of bed 

pressure drop versus the superficial gas velocity for two sizes of PVC particles and two bed 

heights. They found that, unlike conventional fluidized beds, the bed pressure drop always  

increased with increasing superficial gas velocity in the swirling fluidized bed. This indicated 

that there was an additional force acting on the bed in addition to its weight. The magnitude 

of this force is proportional to the centrifugal force and increases with increasing superficial 

gas velocity. 

 

Unlike a conventional bed, Sreenivasan et al. (2002) also found that the minimum 

fluidization velocity, which, by definition, is also identical to the minimum bubbling velocity 

of the swirling fluidized bed of group B particles, increased with increasing static bed height. 

Yudin et al. (2016) studied the effect of distributor configuration on the pressure drop across 

the bed and the minimum fluidization velocity. They used three different distributor 

configurations, a conventional perforated plate with 11% opening ratio, a 45-degree inclined 

slots and a 90-degree inclined slots with 13% opening ratio each.  They discovered that the 

pressure drop was lowest for the 90-degree inclined slots, followed by the 45-degree inclined 

slots, and highest for the conventional perforated plate. They also found that the minimum 

fluidization velocity was lowest in the case of a perforated plate, followed by the 45-degree 

inclined slots, and then the 90-degree inclined slots. 

 

Naz et al. (2016) studied the particle movement on the top and side of a swirling fluidized 

bed with 12-degree inclination angle to the horizontal by particle tracking velocimetry. They 

did not find any effect of increasing the superficial gas velocity on the bed pressure drop.  
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Kumar et al. (2011) also studied the variation of bed pressure drop with superficial gas 

velocity for three types of distributors with Group D particles of average diameter 7.8 mm.  

They found that bed pressure drop was almost constant after reaching the minimum 

fluidization velocity for both inclined-blade single-row and inclined-blade three-row 

distributors. However, for the case of the inclined-holes distributor, the bed pressure drop 

continued to increase with increasing superficial velocity. Unfortunately, they did not report 

the behaviour at fluidization velocities beyond 0.1 m/s for the inclined-holes perforated plate 

distributor. 

 

2.5 Effect of orifice angle on particle velocity 

Some researchers have studied the hydrodynamics of swirling fluidized beds in terms of 

particle motion in the bed. Miin et al. (2015) used particle imaging velocimetry to observe 

particle motion in the swirling flow regime for three distributor angles (12, 15 and 18 degrees 

to the horizontal) and PVC particles of average diameter 3.9 mm. Their results showed that 

tangential particle velocity decreased with increasing blade angle. They concluded that a 3 

degree increase in blade angle caused an 18% reduction in tangential particle velocity. Naz et 

al (2016) did work similar to that of Miin et al. (2015). However, their work focused 

primarily on the top and side sections of the swirling bed. They used three different blade 

angles (10, 15 and 20 degrees to the horizontal). They also found that the average particle 

velocity decreased with increasing blade angle. 

 

2.6 Effect of bed inventory and height on hydrodynamics  
Researchers focused on the effect of bed inventory, while others reported the effects of bed 

height on the dynamic behaviour of swirling beds. Both properties of the bed usually come 

together since a lower solids inventory in a given bed corresponds to a lower bed height. 

Kaewklum et al. (2009, 2010) studied the effect of static bed height for a 14-degree inclined 

annular spiral distributor. They concluded that increasing the static bed height caused an 

increase in both the minimum fluidization velocity and bed pressure drop. Research of Yudin 

et al. (2016) on the effect of aspect ratio (ratio between bed height and diameter) on the bed 

pressure drop and minimum fluidization velocity showed that, unlike a conventional bed, the 
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minimum fluidization velocity changes with changing aspect ratio (height/diameter). They 

found that with increasing aspect ratio, the minimum fluidization velocity increased. 

 

Miin et al. (2015) studied the effect of bed weight on tangential particle velocity using PVC 

particles with an average diameter of 3.9 mm. They found that tangential particle velocity 

decreased with increasing bed weight. Kumar et al. (2011), on the other hand, compared the 

performance of three distributors in terms of bed expansion with increasing superficial gas 

velocity. Their work showed that bed expansion started at lower superficial gas velocities for 

shallow beds with an inclined-holes distributor. 

 

2.7 Effect of particle size on hydrodynamics 

Sreenivasan et al. (2002) tested two diameters of PVC particles, 2.5 and 3.5 mm. Their work 

showed minimal impact of particle size on the bed pressure drop. Yudin et al. (2016) 

investigated the effect of particle size on the degree of solids mixing for three average 

particle sizes: 177, 520 and 756 microns. They concluded that the degree of mixing increased 

with decreasing particle size. Miin et al. (2015) reported that the particle size had less 

influence on tangential particle velocity than the solids inventory. 

 

2.8 Centrifugal fluidized bed 

Note that the centrifugal fluidized bed is another type of fluidized bed in which the bed 

rotates around its axis of symmetry. Particles are fluidized because of high centrifugal forces  

controlled by the speed of the rotor. This type of fluidized bed system may be useful in 

applications where high superficial velocities are needed, but without large bubbles to 

improve gas-solid contact. Kroger et al. (1979) predicted the pressure drop in this system 

along with the radial flow distribution. Takahashi et al. (1984) used a horizontal rotating 

fluidized bed to study bed pressure drop. They concluded that the bed pressure drop reached 

a maximum value at minimum fluidization and, with further increase in the superficial 

velocity, the bed pressure drop slightly decreased. 
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2.9 Solids residence time distribution 

The residence time distribution (RTD) portrays the time each particle or fluid element spends 

inside a chemical reactor. It is a very important parameter in characterizing chemical 

reactors. The RTD gives information regarding mixing inside the reactor. For example, in a 

continuously stirred tank reactor (CSTR), the system is considered perfectly mixed compared 

to a plug flow reactor (PFR) where no mixing takes place. The RTD can be measured 

experimentally by introducing a tracer and then measuring the tracer concentration at the exit 

as a function of time (Fogler, 2006). There are two main methods of tracer injection in the 

literature: pulse and step-change inputs. The pulse input, as the name suggests, introduces a 

high concentration of tracer in a very short time. On the other hand, the step-change input 

introduces the tracer at a constant concentration and flow beginning at time zero. In both 

cases, one then measures the concentration at the exit as a function of time. 

 

Several experimental methods have been used by researchers to determine the RTD of 

different reactors. Harris et al. (2002) used phosphorescent tracer particles that can be 

activated using high-intensity light to measure the RTD in a circulating fluidized bed (CFB) 

riser. They activated the tracer at a known location at the base of the riser and detected the 

tracer at the outlet of the riser in order to measure the RTD of the riser. Kojima et al. (1989) 

investigated the solids behaviour in a fast fluidized bed. They used tracer particles with 

fluorescent dye. Ran et al. (2001) used phosphor tracer to determine the lateral solids 

dispersion in a high-density CFB riser, with the phosphor particles illuminated by a 

flashlight. The particles then emitted light while moving and were detected by a light 

detector. The concentration was then adjusted by subtracting the decay of phosphor from the 

detected signal. Ghaly et al. (2012) used a simple method to determine the RTD. Colored 

Styrofoam balls were injected at the centre of the bed containing sand particles. They used an 

electronic stop-watch to measure the time it took each ball to appear at the surface of the bed. 

Morooka et al. (1989) measured local fines movement in a fluidized bed by means of a 

fluorescent tracer. They coated the catalyst particles with fluorescent dye which was then 

used as the tracer.  
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Fluorescent dye only emits light while being activated. Therefore, a special optical fiber 

probe is used to measure local concentration. The probe itself sends out ultraviolet light and 

receives signals from the dye at the same location. This fluorescent dye tracer technique was 

used previously by Baba et al. (1984) to determine the flow patterns of solid particles at 

arbitrary locations. Pallares et al. (2006) developed a technique to track particles in a cold 2-

dimensional fluidized bed to simulate fuel dispersion. They used phosphorescent tracer 

particles that were video recorded and digitally analyzed to determine the concentration 

profiles. Alternative methods have been used by other researchers. Goswami et al. (2014) 

measured the mixing time of solids using a radiotracer, Gold-198 radioisotope, to label sand 

particles. On the other hand, Liu et al. (2012) used a thermal tracing technique to quantify 

lateral solids mixing, with sand particles as bed material and as tracers. The tracer particles 

were heated and then injected into the bed resulting in a stepwise increase of temperature 

inside the bed, where magnitude as a function of time was used to determine the RTD. 

 

2.10 Solids mixing models 

After looking at the RTD techniques, prediction of flow pattern and mixing behaviour is 

needed in non-ideal reactors. Such predictions are usually based on modelling. There are 

several types of models. There are one-parameter models such as the tanks-in-series model or 

the dispersion model. Two-parameter models include reactors with dead volume or 

bypassing. The RTD data are used to test the validity of these models.  

 

The most common one-parameter model is the tanks-in-series model in which the parameter 

is the number of tanks. Dispersion models are widely used also, where the parameter is the 

dispersion coefficient. Usually, the RTD data is analyzed from pulse tracer tests to estimate 

model parameters. The RTD function for a series of n equi-size CSTRs is given by (Fogler, 

2006): 

 

𝑬 𝒕 = 𝒕𝒏(𝟏

𝒏*𝟏 !𝝉𝒊
𝒏 𝒆*𝒕/𝝉𝒊   (2-1) 
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Where 𝜏1  is the space time (ratio of volume to flow rate) in one of the reactor, and since all 

reactors have the same volume, therefore, 𝜏1 = 𝜏/𝑛. The number of tanks in series is then 

found using the variance of the RTD data as follows (Fogler, 2006): 

 

𝑛 = 34

54
    (2-2) 

 

Dispersion models assume axial dispersion of solids superimposed on the flow. The RTD 

data are used to estimate the dispersion coefficient. However, the dispersion model needs to 

be solved first, requiring clear understanding of the problem and the boundary conditions 

(Fogler, 2006).  

 

𝔇6
748
794

− 7 ;8
79

= 78
7<

  (2-3) 

 

Typical boundary conditions are the closed-closed and the open-open vessel. In a closed-

closed vessel, it is assumed that there is no dispersion across both the entrance and exit, 

whereas in an open-open vessel, it is assumed that there is dispersion across both boundaries. 

The solution to the model equation differs in these two cases (Fogler, 2006).  
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Chapter 3: Experimental Design and Methods 
 

3.1 Experimental plan 

The experimental plan involves two parts: hydrodynamics study and solids mixing study. 

 

3.1.1 Hydrodynamic study 

The hydrodynamic study focused mainly on studying the effect of the distributor hole 

inclination angle on distributor pressure drop, bed pressure drop, bed height, minimum 

fluidization velocity and pressure fluctuations. The plan of the hydrodynamic study is 

summarized in Table 3-1.  
Table 3-1 Hydrodynamic study plan summary 

Distributor Hole 

Inclination Angle 
Bed Material Bed Height (mm) 

Measured 

Variables 

30 

Glass beads 40, 60, 90 and 120 

Bed and 

distributor 

pressure drop, air 

superficial 

velocity and bed 

expansion 

45 

90 

 

Figure 3-1 presents the equipment set-up. In the figure, D is the fluidized column diameter 

measured to be 300 mm, Dc is the central cylinder diameter measured to be 90 mm and Hmf is 

the bed height at minimum fluidization which is selected to be 40, 60, 90 and 120 mm. 
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Figure 3-1 Equipment set-up for hydrodynamics study 

 

3.1.2 Solids mixing study 

The solids mixing study investigated the mixing behaviour of phosphorescent particles. First, 

using the vertical distributor, the residence time distribution (RTD) was measured and the  

turnover time was estimated based on the RTD data. Then, for all distributors and by 

assuming very fast axial mixing, the tangential dispersion coefficient was estimated using the 

dispersion model. Table 3-2 summarizes the experimental plan for the solids mixing study, 

while Figure 3-2 shows the equipment setup for the mixing study. 
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 Table 3-2 Solids mixing study summary 

Distributor 

Inclination Angle 
Bed Material 

Bed Height 

(mm) 

Detectors 

Position 

Measured 

Variables 

30 

Phosphorescent 

particles 

100 

Tangential and 

radial at same 

axial position 
RTD and air 

superficial 

velocity 

45 

90 100 

Tangential, 

axial and radial 

at same 

tangential 

position 

 
 
 

 
 

Figure 3-2 Equipment set-up for solids mixing study 
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3.2 Properties of bed materials 

Two types of particles were used: Glass beads and Phosphorescent particles. Two major 

properties were determined: particle size distribution and bulk density.  

 

3.2.1 Particle size distribution 

The particle size distribution was determined using the laser diffraction equipment (Malvern 

Mastersizer 2000E). The volume mean particle size for glass beads was determined to be 154 

microns, while for phosphorescent it was 76 microns. Figures 3-3 and 3-4 show the particle 

size distributions, while Table 3-3 summarizes key particle size properties. 

 

 
Figure 3-3 Particle size distribution for glass beads 
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Figure 3-4 Particle size distribution for phosphorescent tracer particles 

 
Table 3-3 Particle size properties summary 

Property Glass Beads Phosphorescent particles 

Volume-Weighted Mean 

(microns) 
154 76 

Surface-Weighted Mean 

(microns) 
146 69 

d(0.9) (microns) 202 109 

d(0.5) (microns) 150 72 

d(0.1) (microns) 111 48 
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3.2.2 Bulk density 

Bulk density was determined by weighing the material in a volumetric flask and then 

measuring the volume it occupies. Three trials were performed and the average was recorded 

for each material. Tables 3-4 and 3-5 show the trial results for glass beads and 

phosphorescent particles, respectively. 

 
Table 3-4 Bulk density measurements for glass beads 

 Trial 1 Trial 2 Trial 3 Average 

Mass (g) 20.9 41.8 70.8  

Volume (ml) 14 28 47  

Bulk Density 

(g/ml) 
1.49 1.49 1.51  

Bulk Density 

(kg/m3) 
1493 1493 1506 1497 

 

 
Table 3-5 Bulk density measurements for phosphorescent particles 

 Trial 1 Trial 2 Trial 3 Average 

Mass (g) 16 31.2 52.2  

Volume (ml) 10 20 35  

Bulk Density 

(g/ml) 
1.6 1.56 1.49  

Bulk Density 

(kg/m3) 
1600 1560 1491 1550 

 

3.3 Distributor design 

Three distributors were fabricated in-house using Plexiglas. The distributor plate thickness 

was 9.5 mm, while the hole diameter was 3.2 mm. All three distributors had 60 holes in total. 

Refer to Appendix-A for details of distributor design calculations. The three distributors were 
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all the same except for the orifice inclination angle. Three inclination angles were chosen: 

90°, 45° and 30° , all measured from the horizontal axis. Figure 3-5a shows a photo of one of 

the three distributors and Figure 3-5b shows a representation of the angle inclination.  

 

 

  
 

 

 

 

 

 

Figure 3-5a Photo of 30° distributor 

 
Figure 3-5b Orifice inclination angles 

 

 

 

3.4 Instrumentation 

 

3.4.1 Pressure transducers 

Pressure was measured using pressure transducers of type OMEGA PX-140. Only one 

transducer was used to measure the overall pressure drop. One port of the transducer legs was 

connected to a port under the distributor, while the other port was connected to the freeboard 

region of the column. 

90 Degrees 
 
45 Degrees 
 
 
30 Degrees 
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3.4.2 Flow and superficial gas velocity 

The air flow rate was measured using an orifice meter. The pressure drop across the orifice 

was measured using an OMEGA PX-140 pressure transducer. The flow rate was then 

calculated using the following formula (Karri, 2003): 

𝑄 = 𝐶?𝐴A
B∆D
E

  (3-1) 

 

where 𝐶?is the flow coefficient and 𝐴Ais the orifice area. The flow coefficient is a function of 

Reynolds number and orifice-to-pipe diameter ratio. The value of the coefficient was 

calculated to be 0.61 according to Perry et al. (2008). The superficial gas velocity was then 

calculated by (Karri, 2003): 

𝑈 = GH
I J4*JK4

   (3-2) 

 

3.4.3 Bed height 

The bed height was measured visually from the transparent outer wall using a ruler. In 

addition, a web camera connected to a computer was installed inside the bed to capture the 

bed height at the central wall. Figure 3-6 shows the camera set-up. 

 

 
Figure 3-6 Camera set-up for bed height measurement 
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3.4.4 Residence time distribution (RTD) 

The RTD was measured in the solids mixing study using light detectors. Two different 

methods were used to measure the RTD: one for the vertical (90°) hole distributor and the  

other for the inclined-hole (45° and 30°) distributors. Both methods required the activation of 

particles while the bed is stagnant. This was because the phosphorescent tracer particles took  

a long time to get activated, and using the UV light alone to activate the particles while the 

bed is fluidized was not possible since the intensity was too small to be detected. 

 

For the vertical distributor, the intention was to measure the turnover time and dense phase 

downward velocity. Therefore, the light detector probes were placed at different heights, one  

at z = 80 mm and the other was directly below it at z = 50 mm. The bed was full of 

phosphorescent particles that were activated by two UV lamps at the top of the bed. Both 

lamps were turned on to ensure that the whole surface of the bed was illuminated. Then, once 

the particles were activated, the air flow valve was opened, causing the particles to travel 

from the top of the bed axially downward and then upward in a cyclic motion. The probe at z 

= 80 mm detected the first tracer followed by the probe at z = 50 mm. This way, the RTD 

was measured for the vertical distributor. In addition, the probes were also inserted to 

different radial positions from the inner wall. Three radial positions measured from the inner 

wall towards the outer wall across the annulus were tested: 25, 50 and 75 mm. The intention 

was to see whether the axial mixing varied with radial position.  

 

To measure the tangential dispersion for the inclined distributors and the vertical one, the 

method was quite different. The probes were installed at the same height, but at different 

tangential and radial positions from the inner wall. Three tangential positions: 0° , 90° and 

180° were chosen in addition to three radial positions: 25, 50 and 75 mm. The UV light was 

directed onto only one sector at the surface of the bed covering the tangential positions being 

tested. Therefore, only particles at the top section near the first probe were activated. The 

particles were assumed to move tangentially from 0° to 360° counter clockwise in the 

direction of the inclined angle of the distributor holes. Therefore, the first detector located at 
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q = 0° for example detected the tracer signal first followed by the detector at q = 90°, where 

q is the angle in a top view of the column.  

 

3.5 Data analysis 

The data captured during the hydrodynamic study were the pressure readings from the 

transducers. One pressure reading was captured at the distributor and one at the orifice meter.  

Calculations were made to determine other data such as the superficial gas velocity. Both 

pressure transducers were calibrated using a manometer. The calibration data and procedures  

are provided in Appendix-B. For every test, a confidence interval of 90% was used by 

repeating the experiment three times for the calculation of error bars reported in each graph.  

 

The bed pressure drop was determined by subtracting the distributor pressure drop (empty 

bed) from the total pressure drop captured by the transducers. First, the column was operated 

empty and the distributor pressure drop was measured by the pressure transducers for  

different superficial gas velocities. The data captured were fitted to a 4th order polynomial 

function. Then, once the column was operated with particulate materials, the transducer 

measured the total pressure drop. The bed pressure drop data were then obtained by 

subtracting the distributor data from the fitted 4th order polynomial function from the data 

captured by the transducer. Table 3-6 presents the fitted functions for all three distributors, 

together with the corresponding R-squared values, where the superficial gas velocity ranged 

from 0 to 0.3 m/s and the pressure drop is in Pascals. 
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Table 3-6 Fitting data for distributor pressure drop (empty bed) 

Distributor 

hole angle 
Fitted Function 

R-Squared 

Value 

Range of 

U (m/s) 

90 Degrees 
−9.7×10R𝑢G + 2.97×10R𝑢V − 1856𝑢B + 2106𝑢

+ 10.3 
0.999 0 to 0.3 

45 Degrees 
1×10[𝑢G − 4.4×10R𝑢V + 8.5×10G𝑢B − 2121𝑢

− 0.33 
0.999 0 to 0.3 

30 Degrees 
6.7×10R𝑢G − 2.4×10R𝑢V + 54482𝑢B − 561𝑢

− 0.4 
0.999 0 to 0.3 

 

The minimum fluidization velocity was determined from the bed pressure drop and 

superficial gas velocity curve. Once the bed materials are supported by their weight, the 

superficial gas velocity was determined to be the minimum fluidization velocity. This is 

achieved when the bed pressure drop flattens out. Another method for determining the 

minimum fluidization velocity utilized by Felipe et al. (2007) for Group B particles was by 

using the standard deviation of pressure fluctuations. They studied four types of particles that 

included both Groups A and B. They showed that the minimum bubbling velocity can be  

estimated with high accuracy by assuming a linear relationship between standard deviation of 

pressure and the superficial fluid velocity. Moreover, the minimum fluidization velocity was  

also observed visually, and it was also estimated based on the correlation of Wen and Yu 

(1966). 

 

The data captured during the solids mixing study were the pressure readings from the orifice 

meter to find the superficial gas velocity and the readings from the light detectors to measure 

the signals from the tracer particles. The Phosphorescent tracer intensity decays with time.  

Therefore, a correction must be made to the measured signals. The same equipment set-up 

presented in Figure 3-2 was used for the decay experiment. Phosphorescent particles were 

loaded in the reactor, and the UV light was turned on for 12 minutes. When the UV light was 

turned off, the signal from the particles started to decay. The light detector then detected  
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the signal as the particles continued to decay. Figure 3-7 shows the decay curve for the 

phosphorescent particles.  

 

 

 
Figure 3-7 Time decay curve for phosphorescent tracer particles 
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Chapter 4: Hydrodynamic Study 
 

This chapter presents the results from the hydrodynamic study. They include the effects of 

orifice angle, static bed height and windbox packing on the hydrodynamics of the fluidized 

bed. The hydrodynamic properties investigated were the distributor pressure drop, bed 

pressure drop, pressure fluctuations, bed expansion and minimum fluidization velocity. 

 

4.1 Effects of orifice angle on hydrodynamics 

The effects of orifice inclination angle on distributor pressure drop, bed pressure drop, 

pressure drop fluctuations, bed expansion and minimum fluidization velocity were examined. 

4.1.1 Effect on distributor pressure drop (empty bed) 

Figure 4-1 shows the effect of orifice angle on the distributor pressure drop. 

 
Figure 4-1 Effect of orifice angle on distributor pressure drop (empty bed) 
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In an empty bed, the 90°-hole distributor had the highest pressure drop compared to both the 

30°-hole and 45°-hole distributors. For the 45°-hole distributor, the pressure drop was 

lowest for low superficial velocities, up to 0.1 m/s. Above this velocity, the 30°-hole 

distributor had the lowest pressure drop. However, the differences among the three 

distributors were small, with only 10% more pressure drop across the 90°-hole distributor 

compared to the others. The reason for having higher pressure drop for the 90°-hole 

distributor followed by the 45° and 30°-hole was because of the added cross-sectional hole 

area at the entrance to and exit from the inclined holes, providing an effective tapering. When 

looking at the drilled holes from a top view, it was clear that the inclined drilled holes had 

higher cross-sectional area at top and bottom, leading to lower pressure drop.  

 

4.1.2 Effects on bed pressure drop 

The effects of the orifice angle on bed pressure drop were also studied for four different static 

bed heights: 40, 60, 90 and 120 mm. Figure 4-2 presents the results for operation at a static 

height of 40 mm. 
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Figure 4-2 Effects of orifice angle on bed pressure drop for a static bed height of 40 mm 

 

The bed pressure drop was lowest for the 90°-hole distributor. However, the bed pressure 

drop flattened out at a pressure of around 400 Pa compared to the bed pressure drop required 

to support the bed weight-minus-buoyancy of 685 Pa. There was a 40% difference between 

them. The difference was less for the 30° and 45°-hole distributors, around 34%. This 

indicated that there was possibly a large dead volume near the outer wall for the 

90°-hole distributor that was not fluidized. The dead volume was much less for the 30°-hole 

and 45°-hole distributors with negligible differences between them.  

 

Moreover, the bed was operated at a static bed height of 60 mm as in Figure 4-3. For this bed 

height, the effects were similar in that the 90°-hole distributor had the lowest bed pressure 
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difference reduced from 40% to 22%, which indicated that the dead volume was reduced. On 

the other hand, the difference was reduced for the 30°-hole distributor from 34% down to  

15% and for the 45°-hole distributor from 34% down to 9%, indicating much less dead 

volume near the outer wall compared to the 90°-hole distributor. 

 

 
Figure 4-3 Effects of orifice angle on bed pressure drop for a static bed height of 60 mm 

 

When the bed was operated at a static height of 90 mm, the behaviour was similar (Refer to 

Figure 4-4). However, the 30°-hole distributor had the highest bed pressure drop, and was 
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required to support the bed weight-minus-buoyancy. 
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Figure 4-4 Effects of orifice angle on bed pressure drop for a static bed height of 90 mm 

 

The dead volume was reduced for the 90°-hole distributor when the bed was operated at a 

static bed height of 120 mm. All three distributors performed in a similar manner as seen in  
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distributor with the highest bed pressure drop.  
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Figure 4-5 Effects of orifice angle on bed pressure drop for a static bed height of 120 mm 

 

This indicated that the orifice angle alone was not enough to capture the hydrodynamics of 

the fluidized bed and that static bed height had also an impact on the bed pressure drop. 
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Figure 4-6 Orifice angle effect on pressure drop fluctuations for a static bed height of 40 mm 

 

When the bed was operated at a static bed height of 60 mm, the effects on pressure drop 

fluctuations were virtually the same (see Figure 4-7).  
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Figure 4-7 Orifice angle effect on pressure drop fluctuations for a static bed height of 60 mm 
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Figure 4-8 Bed expansion at both inner and outer walls  

 

Figures 4-9 and 4-10 present the bed expansion for operation at a static bed height of 40 mm 

at both the outer wall and central wall.  

 
Figure 4-9 Bed expansion at outer wall for bed height of 40 mm 

0

20

40

60

80

100

120

140

0.00 0.05 0.10 0.15 0.20 0.25 0.30 0.35

Be
d 

he
ig

ht
 a

t w
al

l (
m

m
)

Superficial gas velocity (m/s)

90° holes Hw
45° holes Hw
30° holes Hw



34 

  

The 30°-hole distributor started to expand at lower superficial gas velocity compared to the 

other distributors. This was because of the jetting effects at the centre of the distributor which 

resulted in pushing the particles more towards the outer wall. This created a bed expansion 

gradient across the annulus, with less bed expansion at the inner wall and higher expansion at 

the outer wall. Note, however, that the error bars often overlap, meaning that the difference 

between inner and outer expansion may not always be significant. 

 

Similar results were obtained by studying the bed expansion at the inner wall. However, the 

90°-hole distributor showed no change in bed expansion between the outer wall and the inner 

wall compared to the changes observed for the inclined-holes distributors.  

 

 
Figure 4-10 Bed expansion at inner wall for bed height of 40 mm 
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Figure 4-11 shows the difference in bed expansion between the outer wall and the inner wall. 

It is clearly seen that there was a higher difference for the 45°-hole distributor at higher 

superficial gas velocities. This is due to the jetting effect in the inner part of the distributor 

which caused swirling motion that extended as the superficial gas velocity increased. It can 

also be seen from the figure that the 30°-hole distributor started to expand at a lower 

superficial gas velocity compared to the 45°-hole distributor because of the same reason of 

air jetting that drove particles more towards the outer wall. The air jetting effects were more 

noticeable at steeper angles. 

 

 
Figure 4-11 Bed expansion difference between outer and inner walls for bed height of 40 mm 

 

Figures 4-12 and 4-13 show the bed expansion at the outer and inner walls for static bed 
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Figure 4-12 Bed expansion at outer wall for bed height of 120 mm 
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Figure 4-13 Bed expansion at inner wall for bed height of 120 mm 
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Figure 4-14 Bed expansion difference between outer and inner walls for bed height of 120 mm 

 

4.1.5 Effects on minimum fluidization velocity 
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effect of the orifice inclination angle on it. The minimum fluidization velocity was first  

estimated using the empirical equations (4-1 and 4-2) provided by Wen and Yu (1966) at low 

Reynolds number which was independent of the orifice angle and bed height.  
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^_4 E`*E a

bRcd
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h i4

b*efg
  (4-1) 

𝜀]? = 14𝜙 *b/V   (4-2) 

 

Table 4-1 shows the minimum fluidization velocity with all parameters. The minimum 

fluidization velocity was also observed visually by recording the time when the particles  
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started to move. Finally, Umf was estimated using the pressure drop-velocity curve in which 

the velocity at minimum fluidization corresponds to the one where the bed pressure drop 

flattens out (Refer to Appendix-C for illustration of graphical determination of Umf).  

 
Table 4-1 Minimum fluidization velocity from empirical equation of Wen and Yu (1966) 

Variable Value Unit 

Particle Diameter (𝑑n) 171 𝜇𝑚 

Particle Density (𝜌s) 2635 𝑘𝑔/𝑚V 

Air Density (𝜌) 1.23 𝑘𝑔/𝑚V 

Gravity constant (𝑔) 9.8 𝑚/𝑠B 

Sphericity (𝜙) 1.0 (assumed value) N/A 

Voidage at minimum 

fluidization (𝜀]?) 
0.41 (calculated from equation (4-2)) N/A 

Air Viscosity (𝜇) 1.8 x 10*R 𝑘𝑔/(𝑚. 𝑠) 

Minimum Fluidization 

Velocity (𝑈]?) 

0.034 

(calculated from equation (4-1)) 
𝑚/𝑠 

 

The minimum fluidization velocity was compared for all three distributors at two static bed 

depths (40 mm and 120 mm). Figures 4-15 and 4-16 present the results from the three 

methods discussed above. For a static bed height of 40 mm, both predicted and experimental 

values were very close for the 90°-hole distributor. The pressure drop-velocity curve method 

underestimated the minimum fluidization velocity, compared to the predicted value.  

 

For a static bed height of 120 mm, all methods were very close. In addition, for the 90°-hole 

distributor, the minimum fluidization velocity was independent of bed height. The value 

estimated by the pressure drop-velocity curve was almost the same. However, for the  

inclined-hole distributors, the minimum fluidization velocity varied with the static bed 

height. 
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Figure 4-15 Minimum fluidization velocity for static bed height of 40 mm 

0.00

0.01

0.02

0.03

0.04

0.05

15 30 45 60 75 90 105

U
m

f
(m

/s)

Orifice angle (degrees)

Pressure drop-Velocity Curve Method
Visual Observation
Wen and Yu (1966)



41 

 

 
Figure 4-16 Minimum fluidization velocity for static bed height of 120 mm 
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Figure 4-17 Normalized bed pressure drop vs. superficial gas velocity for different static bed depths and 

30°-hole distributor 
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Figure 4-18 Normalized bed pressure drop vs. superficial gas velocity for different static bed depths and 

45°-hole distributor 
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Figure 4-19 Normalized bed pressure drop vs. superficial gas velocity for different static bed depths and 

90°-hole distributor 
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space for bubbles to erupt. The fluctuations for lower superficial gas velocities were greater 

at higher static bed depths since bubbles had more space and time to rise before erupting at  

the bed surface. This was unlike the behaviour for the 90°-hole distributor in which 

fluctuations for lower superficial velocities were of similar magnitude.  

 

 
Figure 4-20 Pressure drop fluctuations for 30°-hole distributor for different static bed depths 

 

0

10

20

30

40

50

60

70

80

90

100

0.08 0.13 0.18 0.23 0.28 0.33

St
an

da
rd

 d
ev

ia
tio

n 
of

 p
re

ss
ur

e 
dr

op
 (P

a)

Superficial gas velocity (m/s)

Ho = 40 mm
Ho = 60 mm
Ho = 90 mm
Ho = 120 mm



46 

 

 
Figure 4-21 Pressure drop fluctuations for 45°-hole distributor for different static bed depths 
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Figure 4-22 Pressure drop fluctuations for 90°-hole distributor for different static bed depths 
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the results reported by Sreenivasan et al. (2002) for the inclined-holes distributor. This 

change in minimum fluidization velocity with bed height for the inclined-holes distributors 

was attributed to the additional centrifugal force that is acting on the particles. The minimum 

fluidization velocity is the velocity when the bed materials are supported by their weight-

minus-buoyancy.  

 

 
Figure 4-23 Effect of static bed depth on minimum fluidization velocity based on two methods for 90°-

hole distributor 
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Figure 4-24 Effect of static bed depth on minimum fluidization velocity based on two methods for 45°-

hole distributor 
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Figure 4-25 Effect of static bed depth on minimum fluidization velocity based on two methods for 30°-

hole distributor 
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Figure 4-26 Photo of 25 mm plastic pall rings packing 

 

The results showed an increase in distributor pressure drop for an empty bed after installing 

the packing at lower superficial gas velocities (less than 0.1 m/s) which was expected since 

the packing introduced an additional pressure drop for the air flowing through it, which was 

evidenced by the measurement of the distributor pressure drop. However, the trend showed 

an opposite result for superficial gas velocities beyond 0.1 m/s. Figures 4-27, 4-28 and 4-29 

present the distributor pressure drop for an empty bed measured for the 90°, 45° and 30°-hole 

distributors, respectively.  
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Figure 4-27 Effect of windbox packing on distributor pressure drop (empty bed) for 90°-hole distributor 
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Figure 4-28 Effect of windbox packing on distributor pressure drop (empty bed) for 45°-hole distributor 
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Figure 4-29 Effect of windbox packing on distributor pressure drop (empty bed) for 30°-hole distributor 

 

With a static bed depth of 60 mm, the bed pressure drop was reduced when the packing was 

installed. This was because of the better air distribution underneath the distributor which 

improved the radial uniformity of fluidization gas flow. Figures 4-30, 4-31 and 4-32 compare 

the bed pressure drop for all three distributors at a static bed height of 60 mm with and 

without the packing. 
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Figure 4-30 Effect of windbox packing on bed pressure drop for 90°-hole distributor for static bed depth 

of 60 mm 
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Figure 4-31 Effect of windbox packing on bed pressure drop for 45°-hole distributor for static bed depth 

of 60 mm 
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Figure 4-32 Effect of windbox packing on bed pressure drop for 30°-hole distributor for static bed depth 

of 60 mm 
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Chapter 5: Solids Mixing Study 
 

5.1 Introduction 

Solids mixing is important in characterizing fluidized bed reactors. Particles move in 

bubbling fluidized beds because of the presence of bubbles. They are carried upward by the 

wake of the bubbles and move downwards in regions where there are no bubbles (Kunii at el. 

1991). Residence time distribution is one tool used to characterize solids mixing. In this 

chapter, the results obtained from solids mixing experiments are presented and discussed.  

Before moving forward to the results, a discussion is presented describing the solids mixing 

measurement system, tracer particles, tracer activation, detection and data treatment.  

 

5.2 Measurement system, tracer particles activation and detection 

Residence time distributions and local tracer concentrations were measured by activating the 

phosphorescent tracer particles at various locations in the fluidized bed. The tracer was 

activated by ultraviolet light directed downward produced by two lamps installed above the 

fluidized bed surface, as discussed in Chapter 3.  

 

The tracer particles were borrowed from Coanda Research and Development Corporation. 

The tracer, called phosphorescent pigment, is yellowish in colour and has a particle density 

of 3600 kg/m3 and a volume mean particle diameter of 76 microns. The tracer particles are 

composed of strontium silicate-aluminate oxide powder doped in Europium.  

 

The tracer particles were activated while the bed of particles was stagnant. The top section of 

the bed was exposed to ultraviolet light using either or both lamps installed at the top of the 

column, directed downward onto the bed surface. The lamps were turned on using a switch 

located outside the fluidization column. For each set of data, the lamps were turned on for 12 

min to ensure that the signals measured were independent of initial intensity. Once the tracer 

particles in the top layer were activated, the light was turned off and the air blower was 

simultaneously turned on to establish stable flow of air, which in turn ensured that the bed 

was fluidized quickly.  



59 

  

The air continued to flow for 2 min to capture the data, and then the air flow was turned off, 

signifying the end of data capturing. This led to a pulse input signal being detected at the first  

detector and a response signal at the second detector.  

 

The tracer detection system consists of two 12 mm diameter single-fiber optical probes and 

two control boxes with photomultiplier and A/D converter. Two detectors were used for  

every mixing experiment. The column was covered by a black curtain to ensure that outside 

light did not interfere with the signals detected. Since the tracer particles decayed with time, 

a correction was required to correct the signal measured. To quantify the correction, the set-

up was used as described in Chapter 3 where the tracer particles were activated for 12 min 

and left to decay. The decay curve is presented in Figure 3-7. The data were then fitted to a 

third order polynomial. Figure 5-1 presents the fitted decay curve data. 
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Figure 5-1 Decay curve fit 

 
xy

xz{K|} <
= 2×10*[𝑡V − 0.0004𝑡B + 0.0713𝑡 + 0.9419  (5-1)	

𝑅B = 0.996 

The captured data were treated by the following procedure: 

1. Signals were loaded into an Excel file. 

2. The time at which air flow was started was set to be t = 0. 

3. The Signal baseline was adjusted to zero. 

4. Signals were corrected for decay using equation (5-1). 

5. Signals were smoothed using the Savitzky-Golay filter available in Matlab. 
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5.3 Axial solids mixing 

It was assumed that axial solids mixing is independent and much faster than tangential solids 

mixing. To verify this assumption, the axial solids mixing was investigated for only the 90°- 

hole distributor. Figure 5-2 shows a diagram of the axial solids mixing experiment 

coordinates.  

 

 
Figure 5-2 Axial solids mixing experiment diagram showing both axial and radial coordinates 

 

The bed was operated at a static bed height of 100 mm with two probes installed at different  

axial positions (one at z = 50 mm and the other at z = 80 mm). Tracer particles were 

activated at the surface of the bed and once the air flow started, particles started to move. In  

this study, the turnover time was measured in addition to the dense phase downward velocity. 

Two superficial velocities were used and the probes were moved radially, with three radial 

positions analyzed (r = 25, r = 50 and r = 75 mm). Figure 5-3 illustrates the signals  
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obtained from both axial locations and at a radial position of 50 mm. The signals were 

normalized by dividing by the peak intensity for each probe and then corrected for decay. 

 
Figure 5-3 Normalized corrected tracer concentration for U=0.29 m/s and r = 50 mm 

 

The results showed a sharp peak signal from the upper probe located at z = 80 mm and a little 

spreading for the lower probe located at z = 50 mm. However, the mixing was very difficult 

to quantify using the dispersion model since the solids movement was not identical in terms 

of showing good spreading. Therefore, another method was needed to quantify and 

characterize axial solids mixing.  

 

Geldart (1997) correlated the reliance of overall mixing rate (Rm) with the product of four 

terms: bulk density of dense phase, fraction of bed solids moving upward, mean upwards 

velocity and bed cross-sectional area. He also defined the turnover time as the time required 

to turn over the bed once. A simple calculation is presented in equations (5-2) and (5-3) in  
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which the turnover time is related to the height at minimum fluidization, the bubble wake 

fraction, the drift fraction, the deviation from the two-phase theory (Y) and minimum 

fluidization velocity.  

 

𝑇𝑢𝑟𝑛𝑜𝑣𝑒𝑟	𝑡𝑖𝑚𝑒	 𝜏� = �fg

���c.V��z � ;*;fg
  (5-2) 

𝑌 = 2.27	𝐴𝑟*c.Bb      (5-3) 

 

Both wake and drift fractions values depend on gas and particle properties which are 

represented by the Archimedes number according to Geldart (1997). 

 

The turnover time was measured from the data collected using the autocorrelation between 

two consecutive peaks. Three repeated measurements were taken at each superficial gas 

velocity. The measured turnover time was compared with prediction from Geldart (1997)  

equations (5-2) and (5-3) in which the turnover time was defined to be the ratio of mass of 

powder to the mass circulation rate. Table 5-1 presents the values used for equation (5-2). 

 
Table 5-1 Geldart (1997) turnover time estimation 

Variable Value Unit 

𝐻]?  0.1 m 

𝛽�  0.3* - 

𝛽^  0.85* - 

Y 0.86** - 

U 0.17, 0.23 and 0.24 m/s 

𝑈]? 0.013*** m/s 

*found from Geldart (1997) graph relating to Archimedes number 

**calculated from equation (5-3) 

***calculated from Wen and Yu (1966) empirical correlation 
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There was good agreement between calculated turnover time and the predicted value. This 

indicated that equation 5-2 was able to estimate the turnover time for the fluidized bed with 

the 90°-hole distributor. Figure 5-4 presents the turnover time calculated vs. predicted. 

 

 
Figure 5-4 Measured turnover time for axial solids mixing vs. time predicted by Geldart (1997) equation 

(5-2) 

 

Another parameter that was measured to characterize the axial solids mixing was the dense 

phase downward velocity (𝑈s). Two methods were used to estimate 𝑈s. First, the velocity 

was calculated from the bubbling bed model equations given by Kunii et al. (1991): 
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 𝛿 = ;
;�

      (5-5) 

𝑈� = 0.711 𝑔𝐷�      (5-6) 

𝐷� = 𝐷�� − 𝐷�� − 𝐷�c 𝑒
*c.V �

�� 	  (5-7) 

𝐷�c =
b.V�
ay.4

�
���

𝑈 − 𝑈]?
c.G

   (5-8) 

𝐷�� = 1.64 𝐴 𝑈 − 𝑈]?
c.G

   (5-9) 

 

Second, the velocity was obtained from the time delay between the two probes by cross-

correlation of the signals obtained from the probes and the distance between the probes. 

The cross-correlation function available in Matlab was used, since the manual determination 

of peaks was troublesome and could lead to errors. Three repeated measurements were taken 

for two superficial gas velocities. Figure 5-5 compares the predicted and measured dense 

phase downward velocities.  

 



66 

 

 
Figure 5-5 Dense phase downward velocity measured vs. predicted 

 

The measured velocity was much less than the predicted value for both superficial gas 
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velocity. Particles were not moving downward at the same rate everywhere along the 

annulus. Therefore, using a video recording taken during the same period as in the tracer  

experiment, the velocity was calculated by recording the time particles passed the probes 

location and by knowing the distance between the two probes. In this case, the probes were  

removed to see their effect on the particle motion. Figure 5-6 presents the findings with the 

probes removed after three repeated measurements. The results confirm that probes did 

indeed reduce the measured dense phase downward velocity. 
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Figure 5-6 Dense phase downward velocity measured without probes vs. predicted  

 

5.4 Tangential solids mixing 

All three distributors were tested to determine the tangential mixing behaviour. Three 

tangential positions were chosen, together with three radial positions across the annulus. 

Figure 5-7 shows a top view of the fluidized bed surface illustrating the coordinates. 
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Figure 5-7 Top view of fluidized bed surface highlighting both radial and tangential coordinates 

 

The bed was operated at a static bed height of 100 mm. The tracer particles were activated 

using two ultraviolet lamps, both directed downward from above, illuminating one sector of  

the bed surface (between q = 270° and  q = 0° in Figure 5-7). Two detectors were used 

simultaneously, one as an input and the other to detect the output signal. The bed was also 

operated at two superficial gas velocities. The signals were normalized by dividing by the 

peak intensity for each probe. 

 

Starting with the 90°-hole distributor, Figure 5-8 shows the normalized tracer concentration 

corrected for decay, at a superficial gas velocity of 0.17 m/s and at r = 50 mm. Tracer was  

detected first at the input detector, and then a peak was detected at the second detector. The 

cross-correlation function available in Matlab was used to estimate the time delay between  
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the signals from the first and second detectors and, knowing the tangential distance, the 

tangential particle velocity was estimated for the 90°-hole distributor. 

 
Figure 5-8 Normalized corrected tracer concentrations for 90°-hole distributor, U = 0.17 m/s and r = 50 

mm 

 

A similar trend was observed when the bed was operated at a superficial velocity of 0.24 m/s 

with the results shown in Figure 5-9. 
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Figure 5-9 Normalized corrected tracer concentrations for 90°-hole distributor, U = 0.24 m/s and r = 50 

mm 

 

The results obtained from the cross-correlation of the two signals, showed that the tangential 

particle velocity for the 90°-hole distributor was around 3.3 and 3.5 mm/s when operating at 

superficial gas velocities of 0.17 and 0.24 m/s, respectively.  

 

Figures 5-10 and 5-11 show the corresponding results for the 45° and 30°-hole distributors. 

The tangential particle velocity was estimated for both distributors. The tangential particle  

velocity profile showed an increase in magnitude with increasing radial position so that the  

tangential particle velocity near the outer wall was higher than near the inner wall. In  

addition, as expected, the tangential particle velocity was the highest for the 30°-hole  
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distributor followed by the 45°-hole and then the 90°-hole distributor. Figure 5-12 presents 

the tangential particle velocity profiles for the 30°-hole distributor, while Figure 5-13 shows 

the tangential profiles for the 45°-hole distributor.  

 

 

 
Figure 5-10 Normalized corrected tracer concentrations for 45°-hole distributor, U = 0.17 m/s and r = 50 

mm 
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Figure 5-11 Normalized corrected tracer concentrations for 30°-hole distributor, U = 0.17 and r = 50 mm 
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Figure 5-12 Tangential particle velocity profiles for 30°-hole distributor between q = 0°and q = 180° 

 

 

The angular velocity was also calculated and was found to increase with increasing radial 

position as well. The angular velocity is determined as the ratio of the tangential velocity to  

radial distance measured from the centre of the distributor (i.e. r +Rinner cylinder). Figures 5-12b 

shows the angular velocity profile for the 30°-hole distributor. 
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Figure 5-12b Angular particle velocity profiles for 30°-hole distributor between q = 0°and q = 180° 
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Figure 5-13 Tangential particle velocity profiles for 45°-hole distributor between q = 0°and q = 180° 

 

In addition, Figure 5-14 presents the effect of orifice angle on the tangential particle velocity 

measured at r = 50 mm for two superficial gas velocities. The figure clearly shows the higher 

velocities for the 30°-hole distributor, as expected.  
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Figure 5-14 Effect of orifice angle on tangential particle velocity at r = 50 mm and between q = 0°and q = 

180° 

 

In order to describe the tangential mixing of solids in the fluidized bed, the one-dimensional 

dispersion model (equation 5-10) was used (Fogler, 2006). In this model, the tangential 

dispersion was used with the axial dispersion neglected, because the axial mixing is assumed 

to be much faster than tangential mixing. The first peak input signal spread as the tracer was 

measured at the output detector. Using the residence time distribution, the Peclet number was 

estimated for all three distributors to quantify the tangential mixing.  
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output probe. The solution of the dispersion model equation in terms of variance and mean 

residence time was used to solve for the Peclet number (Pe) with equation (5-11) taken 

from (Fogler, 2006) as the solution: 

 

∆54

∆<f4
= BD���

D�4�GD��G
    (5-11) 

 

where the Peclet number defined by equation (5-12) is a function of the superficial gas 

velocity, dispersion coefficient and tangential distance (L) (Fogler, 2006): 

 

𝑃𝑒 = ;¡
J¢

     (5-12) 

 

Both the variance and the mean residence time were calculated from the RTD data. First, the 

RTD function E(t) was determined from the tracer concentrations data according to the 

following equation (Fogler, 2006) 

 

𝐸 𝑡 = 8(<)
8 < ^<¤

y
    (5-13) 

 

C(t) is the tracer concentration data captured by the detectors. Once the RTD function E(t) is 

evaluated for all t, the first moment of the RTD function E(t), is calculated. The first moment 

is simply the mean residence time and is calculated using equation (5-14) (Fogler, 2006): 

 

𝑡] = 𝑡. 𝐸 𝑡 𝑑𝑡¥
c     (5-14) 

 

The variance was also calculated according to (Fogler, 2006) using equation (5-15): 

 

𝜎B = 𝑡 − 𝑡] B𝐸 𝑡 𝑑𝑡¥
c   (5-15) 
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In addition, the dispersion model solution was compared with the mechanistic model based 

on the Davidson (1961) bubble for horizontal movement of solids as proposed by Kunii and 

Levenspiel (1991). Their model for Geldart A and B solids was used with 𝛼 = 1, as it was 

assumed in their model for Group A particles, where 𝛼 is a function of bubble size, cloud 

thickness and bubble density in the bed, as shown in  

 

𝐷¨ =
V
b[

�
b*�

©4;fgJ�
efg

   (5-16) 

where D« is the bubble diameter calculated from equation (5-7). Figure 5-15 shows the effect 

of orifice inclination angle on the Peclet number. Tangential mixing was higher (i.e., Pe was  

lower) for steeper orifice angle at a higher superficial gas velocity (0.29 m/s). For the lower 

superficial gas velocity (0.19 m/s), the tangential mixing was almost the same for all three 

distributors.  

 
Figure 5-15 Effect of orifice angle on tangential solids mixing 
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Figure 5-16 shows how our experimentally measured tangential dispersion coefficient 

compared to the horizontal dispersion coefficient calculated from the Kunii and Levenspiel  

(1991) model. The tangential dispersion estimated was much higher, indicating poor 

agreement between their model and the experimental data. 

 
Figure 5-16 Comparison of our experimental tangential dispersion coefficient with horizontal dispersion 

coefficient from Kunii and Levenspiel (1991) with 𝜶	= 1 
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Chapter 6: Conclusions 
 

Three distributors were designed and fabricated, all with the same specifications except for 

the orifice inclination angle. The angles were vertical (90°), 45° and 30°. Two bed materials 

were used, glass beads and phosphorescent particles, belonging to Groups A and B in the 

Geldart classification. Two studies were conducted, a hydrodynamic study and a solids 

mixing study. In the hydrodynamic study, the effects of orifice inclination angle, static bed 

height and windbox packing were investigated. In the solids mixing study, the axial solids 

mixing was investigated for the 90°-hole distributor using phosphorescent tracer particles 

and by estimating the bed turnover time and dense phase downward velocity. In addition, 

tangential solids mixing was studied for all three distributors using the phosphorescent tracer 

particles to measure the residence time distribution to estimate the tangential dispersion 

coefficient and the tangential particle velocity using the dispersion model. The major 

findings from this research and future research needs are summarized below. 

 

6.1 Major conclusions 

 

The major findings from the hydrodynamic study were as follows: 

 

1. For a given superficial gas velocity, the distributor pressure drop was lower for the 

45°-hole and 30°-hole distributors than the 90°-hole distributor. The magnitude was 

around 10% less than for the 90°-hole distributor at the same superficial gas velocity. 

2. Bed pressure drop was lowest for the 90°-hole distributor.  

3. There was no clear difference between the 45°-hole and 30°-hole distributors in terms 

of bed pressure drop. 

4. Bed pressure drop fluctuations were highest for the 90°-hole distributor, indicating 

larger bubbles. 
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5. In a shallow bed, bed expansion was highest for the 90°-hole distributor followed by 

the 45°-hole and then the 30°-hole distributor. 

6. In a deep bed, bed expansion was virtually the same for all three distributors. 

7. The minimum fluidization velocity was highest for the 30°-hole distributor followed 

by the 45°-hole and then the 90°-hole distributor. 

8. Static bed height had an impact on the minimum fluidization velocity for the inclined-

holes distributors. The pressure fluctuation method showed a drop in minimum 

fluidization velocity with increasing static bed height. The pressure drop-velocity 

curve method showed the opposite. 

9. Installing coarse windbox packing improved air distribution which in turn improved 

the radial flow distribution. 

  

The major conclusions from the solids mixing study were as follows: 

 

1. Turnover time for the 90°-hole distributor could be estimated based on the bubbling 

bed model equations. 

2. Probes and ports in this study interfered with the solids mixing by reducing the dense 

phase downward velocity by ~40%. 

3. The tangential particle velocity increased with increasing radius in the annulus. The 

velocity was higher near the outer wall of the column and lower near the inner wall. 

4. Tangential particle velocity was highest for the 30°-hole distributor followed by the 

45°-hole and then the 90°-hole distributor. 

5. Both inclined distributors (30° and 45° holes) resulted in greater tangential mixing 

than the 90°-hole distributor. 
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6.3 Suggestions for future work 

In this research project, the bed expansion was estimated visually. It is recommended that for 

future work, a more appropriate method such as using axial pressure profiles. In addition, this 

study did not investigate the radial mixing. It is recommended to measure the particle 

velocity along the radial position by using fiber optical probes directed along the distributor 

area to measure radial particle velocities at different radial positions. Moreover, the middle 

hollow cylinder radius could influence the bed hydrodynamics, which should be studied. 

Also, in the current column setup, there were too many intrusive ports that influenced the 

solids mixing. It is thus recommended to design a column of few ports to investigate solids 

mixing and effects of orifice angle especially for shallow beds. Finally, the orifice inclination 

angles that were chosen were not steep enough to create high magnitudes of swirling. It is 

recommended to study different designs of distributors with steeper angles such as 15°. 
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Appendix A: Distributor designs 

 

The distributors were designed and fabricated in-house. They were made of Plexiglas. They 

were designed to have a target pressure drop of 2500 Pa for a bed depth of 150 mm. The 

pressure drop was calculated according to Karri (2003): 

 

∆𝑃 = 𝐾𝑔𝜌𝐿  A-1 

 

Where K = 0.3. The gas velocity through the holes were then calculated according to Karri 

(2003) as: 

 

𝑈¨ = 𝐶^
B∆D
E¯

 A-2 

 

The orifice coefficient 𝐶^ depends on the plate thickness and the hole pitch. The plate 

thickness was chosen to be 9.5 mm due to limited time for ordering from the workshop. 

Square pitch design was used to calculate the holes pitch length according to Karri (2003) 

using the following equation: 

 

𝐿¨ =
b
�z

  A-3 

 

To start, the orifice discharge coefficient was assumed to be 0.77 according to Karri (2003) 

and from that number, the holes’ gas velocity was calculated to be equal to 49 m/s. The 

volumetric flow rate was given by the capacity of the air blower. Since the blower capacity is 

very large because the column was designed for turbulent fluidization, an experiment was 

done to determine the least flow rate to be used. It was determined to be at ¼ of the blower’s 

capacity and was equal to 106 cubic meters per hour. Table A-1 shows the design 

calculations. 
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Table A-1 Distributor design calculations 

Distributor design for Q = 106 N m3 / h 

Hole diameter 

(mm) 

Number of 

holes (#) 

Hole 

density 

(holes/m2) 

Square pitch 

length (mm) 
t/dh 

Cd, 

calculated 

1.6 303 4589 14.8 6 0.79 

2.4 135 2040 22.1 4 0.79 

3.2 76 1147 29.5 3 0.79 

 

 

The number of holes was calculated from Karri (2003) as follows: 

 

𝑁 = b.bG
^±
4   A-4 

 

Several hole diameters were chosen depending on the drill sizes available at the workshop. 

From the holes’ diameter, the number of holes was determined. The final holes’ diameter was 

chosen to be 3.18 mm with 76 holes.  A hollow cylinder was then placed in the middle of the 

distributor covering some of the holes. The diameter of the cylinder was chosen so that the 

annulus width formed was 100 mm. The total number of holes was then determined to be 60 

holes.
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Appendix B: Pressure transducers calibration procedure 

The pressure transducers were calibrated using a previously calibrated digital manometer. 

The calibration took place using the fluidized bed reactor set-up. First, the digital manometer 

was used to measure the pressure drop across the distributor with no flow to establish the 

zero reference point. Then, the air flow was turned on and the digital manometer was used 

instead of the pressure transducers to read the pressure drop across the distributor. Several 

trials were made to obtain the calibration curve as shown in Figures B-1 and B-2.  

 

 
Figure B-1 Pressure transducer calibration for distributor pressure drop 
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Figure B-2 Pressure transducer calibration for orifice 
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Appendix C: Graphical determination of Umf 

  

The minimum fluidization velocity (Umf) was determined using the pressure drop-velocity 

curve method. The minimum fluidization velocity is defined as the velocity at which the bed  

pressure drop flattens out and is nearly equal to the bed weight-minus buoyancy. Figure C-1 

illustrates graphically how to determine of the minimum fluidization velocity. 

 

 
Figure C-1 Illustration of Umf graphical determination 
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